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ABSTRACT  

The gas-solid mixing pattern in a fluidized bed is significantly affected by distributor plates. In order to study this 
impact, two different distributer plates orifice arrangement, namely, triangular and radial (TDP and RDP) are designed. The 
solid circulation patterns caused by each orifice arrangements are then predicted numerically. To this end, Eulerian-Eulerian 
(EE) approach through Computational Fluid Dynamic (CFD) is utilized. As a final point, the simulated particle volume 
fraction, particle velocity and bed pressure drop are compared. It was found that the distribution of solid volume fraction is 
more homogeneous while TDP was used. The regular pattern of radial particle velocity was also found for TDP. These 
indicate that particle motion mainly concentrates in the region between the core and the wall of the bed.  However, chaotic 
solid motion at the core region was observed for RDP. 
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INTRODUCTION 

The first demonstration of fluidization was 
introduced by Fritz Winkler in 1921 [1]. Since then 
fluidization is found in many operations in petro-chemical 
processing, mineral processing, chemical, pharmaceutical, 
electronic, and power-generation industries. Studying the 
hydrodynamics of fluidization is necessary for the design 
of fluidized bed reactors. This study can be done through 
the experiment and simulation works. The experimental 
study is costly and time-consuming due to the construction 
and testing of various models. However, the use of a 
reliable numerical technique reduces these extra costs 
significantly. Accurate numerical algorithms give us a 
powerful tool to accurately predict the hydrodynamics 
behavior of multiphase flows having complex geometries. 
Furthermore, the variety of shapes and models can be 
easily designed and tested numerically followed by a 
limited number of experiments for comparison and 
validation purpose. 

Thanks to the development of computers and 
computational techniques, the complex governing 
equations such as Navier-Stokes equations used in single-
phase fluid mechanics and conservative equations in gas-
solid flow, have been solved numerically. These equations 
were originally developed by Jackson, Soo, Garg and 
Pritchett [2-4]. One of the first numerical analysis of solid 
flow in fluidized bed was done by Arastoopour and 
Gidaspow [5]. Gidaspow [6] predicted the formation, 
growth, and the bursting of bubbles in 1983. Ettehadieh et 
al. [7] predicted the velocity profiles of jets which were in 
good agreement with experimental measurements. 
Gidspow [8] modeled conservative equations for gas solid 
flow. Numerical methods have been developed for two-
phase flows by using Computational Fluid Dynamic 
(CFD) to compute erosion rates in fluidized bed tubes [9]. 
Since then CFD has received more and more attention 

because of its ability in simulating the complex multiphase 
flows. 

The major concern in fluidization bed systems is 
to achieve good gas-solid mixing and to prevent 
agglomeration of the particles which can cause rapid 
defluidization of the entire bed. The good mixing of gas-
solid cannot be reached except by using proper distributor 
plate orifice arrangement. This shows the importance of 
distributor plate design in designing the fluidized beds. 

In this study, the Eulerian-Eulerian two-fluid 
model in combination with kinetic theory of granular flow 
(KTGF) is utilized to study the effect of the orifice pattern 
on the hydrodynamics of lab-scaled cold flow model 
(LCM). The LCM is the scaled down version of the 
existing pilot plant gasifier [10]. Distributor plates used in 
this study are perforated plates with two different holes’ 
patterns, namely: triangular and radial pitch. 
 
SIMULATION APROACH 

The simulation set up used in this study is shown 
in Figure-1. The computational domain is a cylinder with 
the bed diameter of 0.0762 m and height of 1 m. Pressure 
outlet boundary condition was employed at the top of the 
riser and the velocity inlet boundary condition was 
imposed at the bottom of the bed.  

Table-1 shows the simulation condition details 
used in this research. Sand with the density of 2608 kg/m3 
and diameter of 500 μm is considered as bed material 
which is fluidized with air at ambient conditions. The 
superficial velocity of 0.46 m/s which is two times of the 
minimum fluidization velocity was chosen in this study. 
The static bed height is 0.1 m with solid volume fraction 
of 0.56. 
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Figure-1. Schematic view of LCM. 
 

Table-1. Details of simulation setup. 
 

 
 

As shown in Figure-2, two different distributor plates 
pattern, triangular distributor plate (TDP) and radial 
distributor plate (RDP), were considered in this study. 
Simulation were performed in a 3D fashion having a total 
of 493413 cells. No slip and slip boundary conditions are 
applied for gas and solid phases, respectively. Since the 
lower value of specularity coefficient predicts the behavior 
of gas-solid mixing near the wall more precisely, the value 
of 0.1 was chosen [11, 12, 13]. The drag model proposed 
by Syamlal O’Brien was modeled in current simulation. 
This is the most reliable drag model for the large particles 
size of 500 μm [12 and 13]. Moreover, the Syamlal 
O’Brien and the Lun et al. viscosity modules were chosen 
for granular viscosity and solid granular bulk viscosity, 
respectively. 
 

 
 

Figure-2. Design of different distributor plates pattern, a. 
triangular pitch b. radial pitch. 

 
GOVERNING EQUATIONS 

The EE Two-Fluid Model (TFM) was utilized to 
study the hydrodynamic of gas-solid flow in fluidized bed 
based on the conservation equations of mass and 
momentum. Since there is no mass transfer, the 
conservation equation of mass for gas (g) and solid (s) 
phases can be reduced to 
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where ε, ρ and s  are the volume fraction, density and 

local velocity, respectively. 
The conservation equation of momentum for gas and 

solid phases are given by 
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where Kgs is the gas-solid momentum exchange 
coefficient, p is gas phase static pressure, ps is solid 
pressure and g and  are the gravitational acceleration and 
stress tensor, respectively. 

The kinetic theory of granular flow is a widely-
used continuum approach in calculating the solid phase 
properties. In this approach, the solid particle velocity and 
distribution is represented by the granular temperature 
model which is proportional to the kinetic energy of the 
particles’ random motion. Therefore, the solid phase 
properties such as solid viscosity, stress and pressure are a 
function of a granular temperature. To this end, partial 
differential equation model is applied to solve the granular 
temperature model as follows: 
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where   sss I  .:  is the generation of energy 

by the solid tensor,  ss
K   is the diffusion of energy 

while the term 
s

K  is the diffusion coefficient, 
s is the 

collisional dissipation of energy, and gs  is the energy 

change between the gas or solid and solid phases. 
The diffusion coefficient,

s
K , is calculated using 

Syamlal et al. model [14] as given below: 
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The collision dissipation of energy, s , 
represented by Lun et al. [15] and the exchange of 

fluctuating energy between phases, gs
are shown in 

equations 7 and 8, respectively. 
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In a fluidized bed, the kinetic energy and the 
interaction of the particles cause the solid pressure and it is 
increased due to the increase in particle collisions. Since 
Lun et al. solid pressure model [15] is comprised of 
kinetic and particle collision terms, this model is used for 
the present simulation as given below: 

  sssssssss geP  0
212               (9) 

 

The above governing equations were solved by 
using CFD Fluent 15 to predict the bed hydrodynamics of 
bubbling fluidized beds having Geldart B particles. For 
this purpose, the Phase Coupled SIMPLE scheme which is 
an extension of the SIMPLE algorithm [16] to multiphase 
flows was used to consider the pressure–velocity coupling. 
Moreover, the Green-Gauss Node Based theorem was 
used to compute the gradient at the center of the cells. The 
QUICK and Second Order Upwind discretization schemes 
were used for the volume fraction and momentum terms. 
The simulations were performed for 3000 number of time 
steps with the time step size of 0.001 s. 
 
RESULTS AND DISCUSION 

 The contour plot of solid volume fraction of 
bubbling fluidized beds having triangular and radial 

distributor plates orifice arrangement are shown in Figures-
3 and 4, respectively. 
 The contour plot of solid volume fraction of 
bubbling fluidized beds having triangular and radial 
distributor plates orifice arrangement are shown in Figures-
3 and 4, respectively. 
 

 
 

Figure-3. Simulated maps of volume fraction distributions 
of TDP. 

 

 
 

Figure-4. Simulated maps of volume fraction distributions 
of RDP. 

 
 As can be seen in the figures, both distributor 
plates result in almost the same bed expansion which is a 
results of bubble formation and movement. Bubbles start to 
form at a certain height above the distributor plate and they 
grow while rising to the bed surface due to the coalescence. 
Considering Figure-3, it is apparent that the air is uniformly 
distributed throughout the bed which leads to homogeneous 
distribution of solid volume fraction. It shows a low solid 
volume fraction in the annular region while the regions 
near to the walls are experiencing high concentration of 
solids. This indicates that the concentration of the bubbles 
is more at the center of the bed. However, the different 
trend can be seen for RDP (Figure-4). It indicates that 
bubbles are mostly formed at the annular region rather than 
the center of the bed. 
 Figure-5 shows particle concentration at central 
line and in the axial direction for both cases. In general, 
particle volume fraction of TDP is reduced with increasing 
height. It shows the maximum concentration of particles at 
the surface of the distributor plate. However, zero value can 
be observed for solid volume fraction of RDP in that 
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region. This could be due to the direct impact of the gas jet 
of the central hole of the radial distributor plate. At plotted 
in the figure, the overall bed height predicted for both cases 
are almost similar. The intersection points indicate that the 
predicted volume fraction is same for both distributor 
plates at the heights of 0.024, 0.071 and 0.13 m. 
 

 
 

Figure-5. Comparison of axial particle volume fraction 
at t = 3s for both cases. 

 
Figure-6 shows distributions of solid velocity 

pattern for both cases at time frame of 3 second. Particle 
velocity pattern for TDP shows symmetry in the flow 
pattern. Bubbles are carrying the particles inside their 
wakes upwards at the center of the bed. Particles then sink 
downward next to the walls. A rotating circulation of the 
solid motion is also observed in three different heights for 
TDP system. This results in lateral solid motion in the top, 
core and near inlet regions of the bed. These indicate a 
homogenous mixing of particles while using TDP.  

In contrast, nonuniform solid circulation pattern is 
observed for RDP. Particles go up in the center of the bed 
and fall down close to the next wall. 
 

 
 

Figure-6. Comparison of particle velocity patterns at t = 3s 
for, a. TDP. b. RDP. 

 

The time-averaged radial velocity of particles at 
different bed heights of 0.07, 0.105, and 0.14 meter for 
both cases were plotted in Figures-7 and 8. The existence 
of a symmetry core-annular region can be clearly observed 
in Figure-7. The particles velocity is minimum at the wall 
sides due to the high flow resistance to the walls and it 
increased to maximum values at the peaks where the wall 
resistance is negligible. The higher particles velocity can be 
observed in the annular region where particles fall down 
along the wall and it decreases up to the core region where 
the particles are carried up by the gas. 
 

 
 

Figure-7. Time-averaged particle velocity profiles of TDP 
in the radial direction at t = 3s for three different bed 

heights of h = 0.07, 0.105 and 0.14 m. 
 

 On the contrary, Figure-8 shows different particle 
velocity trend. The core-annular region cannot be detected 
and the velocity pattern at different heights of the bed was 
changed significantly. For example, the change in the 
particle velocity at the height of 0.07 m is negligible. This 
can cause dead zones at the bottom of the bed. Besides, the 
high particle velocity at the bed surface (h=0.14 m) can be 
due to the falling particles thrown to the riser. 
 

 
 

Figure-8. Time-averaged particle velocity profiles of 
RDP in the radial direction at t = 3s for three different bed 

heights of h = 0.07, 0.105 and 0.14 m. 
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Moreover, considering fluidized beds reactors, the 
feeders could be mounted at various heights above the gas 
distributor plate which is slightly above the bed surface. 
Therefore, in the case where fine particles are thrown up to 
this height, they would be gone into the feeders, creating 
operational hazards, and possible chocking of the feeder 
due to coking near its mouth. Since the values of particle 
velocity after bursting the bubbles on the surface of the bed 
for RDP is considerably higher than TDP, the possibility of 
the particles being thrown into the feeders would be 
increased. Hence, using the distributor plate having 
triangular pitch will somewhat solve this issue. 
 The axial pressure drop across the bed was plotted 
in Figure-9 for both cases. This is an important parameter 
in designing a gas distributor plate. In order to minimize 
the power consumption, a gas distributor plate needs to 
operate at a low pressure drop as possible. However, if it 
gives a too low pressure drop, poor fluidization would 
occur. 
 The graphs show the trend in the pressure drop 
which is generally decreased with increasing bed height. 
The reduction pattern is almost the same for both cases. 
However, the graph of RDP shows significant difference in 
the pressure drop in the region close to the distributor plate 
which could be due to the existence of the gas jet above the 
central hole. The TDP graph rises from 940 Pa at the 
distributor plate surface to a peak of 1060 Pa at the height 
of 0.019 m above the distributor plate. It then slopes down 
to the value of 580 Pa at the radial center of the bed.  From 
this point, the downward trend continues falling sharply till 
it hits a zero value at 0.146 m. This significant pressure 
drop results from bubble movement.  
 

 
 

Figure-9. Comparison of axial pressure drop at t = 3s for 
both cases. 

 
CONCLUSIONS 

 The lab-scale cold flow model was simulated 
using ANSYS Fluent 15. Comparing the simulation results, 
the chaotic motion of solid phase was observed for RDP. 
This is mainly affected by the nonuniform distribution of 
the bubble phase. Bubbles are mostly distributed in the 
region near the wall. 

  On the other hand, TDP shows more uniform 
particle distribution pattern. Bubbles are most appeared and 
rise in the central region of the bed caused uniform upward 
and downward motions of the particles in the core region 
and in the vicinity of wall, respectively. The uniform gas 
distribution pattern inside the bed is the main function of 
the gas distributor plate. 
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